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Abstract

A novel external-loop airlift reactor in combination with a fluidized bed was proposed in this work. The gas sparger located in the upper
section of the riser allowed the heavy solid particles to fluidize in the lower section of the riser, and also separated the gas–liquid and solid–
liquid contact. The reactor, with high degree of design flexibility, is expected to handle fragile cells which are shear-sensitive. Studies were
carried out using three different types of solid particles with three different solid loading in the reactor. The solids-free standard external-loop
airlift reactors with different ratio were also investigated for comparison. The gas holdup, liquid circulation velocity, liquid mixing time,H/D
and the fluidized-bed expansion were studied. Several models reported were applied to the hydrodynamic performance of the reactor. The
oxygen transfer in the liquid was also measured and the kLaL value was obtained using a dynamic technique. Empirical correlations describing
the proposed reactor are presented in this paper and very good agreement could be found. q 1997 Elsevier Science S.A.
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1. Introduction

Nowadays, with the advantages of simple mechanical
design, better mixing and improved power consumption, the
airlift reactor has gained much attention from researchersand
manufacturers. Numerous investigations have been made on
the performance and characteristics of these reactors [1,2].
Nishikawa [3] and Allen and Robinson [4] studied the shear
rate in airlifts, Chisti and Moo-Young [5,6] investigated the
hydrodynamics and oxygen transfer in the reactor, and pre-
dicted liquid circulation velocity in airlift reactors with bio-
logical media. Bello et al. [7] focused on the liquid
circulation and mixing characteristics of airlift contactors.
Merchuk and Berzin [8] established a mathematical model
based on the distribution of energy dissipation in the airlift
reactors. For the airlift reactors containing three-phase flow
(TPAL), the hydrodynamic behavior in internal-loops and
multiphase mass transport in external-loops have been stud-
ied by Livingston and Zhang [9] and Mao et al. [10], respec-
tively. Many workers [11–14] have paid much attention in
the field of TPAL reactor investigations.
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It has been shown that the external-loop airlift column has
a high efficiency of homogenization and intense mixing, such
that it can be used in biochemical application which involves
highly viscous fluid [15]. However, it was reported by Mur-
hammer and Goochee [16] that not only sparging can dam-
age mammalian cells and insect cells, agitation may also have
detrimental effects in animal cell bioreactors. In addition, the
damage to cells on microcarriers is found to result from the
power dissipation in the form of turbulent eddies. Their
results suggested that cell damage can occur in the vicinity
of the gas distributor and that bubble size and gas flow rate
are not the only important considerations for cell damage in
sparged bioreactors.

Apart from the airlift reactors, three-phase fluidized beds
have also been suggested for applications in biochemical
engineering [17]. The immobilization of living cells on flui-
dized carrier particles is an attractive method of achieving
high cell viability and product yield. There are three main
areas of application of biofluidization: (1) enzymes immo-
bilized on a solid matrix; (2) biofluidization of pure cultures
of whole cells immobilized on a solid matrix; (3) application
of biofluidization to a wide variety of waste water treatment
processes [18]. However, the power requirement is still high
and many high shear intensity regions exist in the three-phase
fluidized beds.
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Fig. 1. Schematic diagram of the airlift fluidized-bed reactor.

Table 1
Dimensions of the airlift fluidized-bed reactor

Label m Label m

A 0.497 F 0.327
B 0.200 G 0.793
C 0.867 Sparger diameter 0.022
D 0.490 Internal diameter 0.060
E 1.753 Ar/Ad 1

It was therefore desirable to combine the advantages of a
fluidized bed and airlift reactor to construct a novel reactor,
which has the benefits of mechanical simplicity, good mixing,
and lower liquid shear rates of the airlifts as well as the
excellent liquid–solid contact, good heat and mass transfer
of the fluidized beds. This novel reactor will be more suitable
in biochemical processes.

The proposed reactor in this work is the combination of an
external-loop airlift with a fluidized bed. The gas sparger is
located in the middle of the riser, such that heavy particles
are fluidized in the lower section of the riser. This design
eliminates the high shear stress spots where direct contact of
gas bubbles with the microcarrier will break the attachment
of the cell from the carrier. Nikolov et al. [19], Garnier et al.
[20] and Lele and Joshi [21] have reported the use of an
inverse fluidized bed, by fluidizing light particles present in
the downcomer of the airlift reactor. However, it is more
popular to use heavy particles as the carrier in the biomass
production, and in addition, a generalized model was not
reported by them and thus their results can not be used. In the
present work the hydrodynamic studies were carried out first
to establish the feasibility and to characterize the behaviour
of the proposed system. The correlation were obtained to
describe the hydrodynamic properties of the reactor. Further-
more, the mass transfer rate for oxygen, a vital parameter for
bioreactor design, was also investigated. The important vol-
umetric mass transfer coefficient was calculated and com-
pared with that of some other reactors. Three different types
of solid particles were used in this study. The effects of solid
loading, particle density, and the aerated height on the per-
formance of the proposed reactor were investigated. The stan-
dard solid-free airlift reactor under otherwise identical
conditions was also studied and the results compared with
the three-phase system. The gas and liquid used in the reactor
were air and water respectively.

2. Experimental setup

Fig. 1 shows the schematic diagram of the airlift fluidized-
bed reactor, which was made of perspex materials. The
dimensions of the reactor are listed in Table 1. The reactor
had a degassed liquid volume of approximately
16.5=10y3 m3, and a liquid height of 1.81 m, which was
kept constant during the whole experiment. The sparger was
0.87 m under the unaerated liquid top level. The fluidized-
bed column was located underneath the sparger, with the total
working volume of 1.385=10y3 m3.

Tap water and air were used as the sources for the liquid
and gas phases in the experiment. The gas flowrate was meas-
ured using two rotameters with different ranges. The manom-
eter was used to determine the gas holdup. The tracer response
technique was applied to obtain the liquid circulation velocity
and the mixing time in the reactor. Saturated NaCl solution
was used as the tracer. The injection point was set at the top
of the downcomer and the conductivity probes were intro-

duced at various location along the downcomer. The output
signal was recorded by a chart recorder. The mixing time was
measured as the time required to achieve 100% homogeneity
throughout the reactor. In order to distribute the tracer in the
liquid uniformly, a thin tube was utilized as the syringe nee-
dle. The needle had a diameter of 2.7=10y3 m, and an effec-
tive length of 52=10y3 m, of which the tip-end was blocked.
Six tiny holes, with 1.0=10y3 m diameter of the largest at
the tip and 0.5=10y3 m of the smallest at the rear, were
drilled on the tube.

The volumetric mass transfer coefficient kLaL was deter-
mined by a dynamic technique. The water in the reactor was
first purged with nitrogen until the oxygen content became
negligible, then the air was switched into the reactor. Two
DO electrodes (MI-730) were used in this study, one was
placed at the top of the downcomer, the other at the bottom
of the fluidized-bed section in the riser. The dissolved oxygen
concentration profile was recorded on a chart recorder. A
model was applied to the DO profile to calculate the kLaL

value, with the assumptions of constant gas phase composi-
tion, well-mixed liquid phase, and negligible electrode
response time. The first assumption is widely known and the
second assumption can be justified since the DO measure-
ments from the two different locations in the proposed reactor
are quite comparable. The electrode response time was
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Table 2
Particle properties and loading

Type Density (kg my3) Average diameter (m) Loading (kg)

Lexan 1170 3.0=10y3 0.30, 0.35, 0.40
PS 1350 3.3=10y3 0.30, 0.35, 0.40
Glass 2460 2.3=10y3 0.30, 0.35, 0.40

Fig. 2. (a) Variation of gas holdup with gas superficial velocity (lower
range). (b) Variation of gas holdup with gas superficial velocity (higher
range).

obtained [22] and found to have little influence on the kLaL

value. Thus, the last assumption was satisfied.
Three different types of particles were used in the experi-

ment. The loading and the properties of the particles are
shown in Table 2.

A smaller setup was also used, of which the length of the
riser and downcomer were decreased by 0.49 m. The working
volume was 13.6=10y3 m3. The loading of particles was
adjusted accordingly. All experiments were carried out at 25
8C and atmospheric pressure.

3. Results and discussion

3.1. Gas holdup

It was observed that there was no entrainment of gas bubble
into the downcomer of the proposed reactor, hence the gas
holdup measured was the overall gas holdup in the riser.
Fig. 2 shows the measured gas holdup varying with the gas
superficial velocity in the riser, where the different series of
data shown are in terms of the various solid loading and
particle species. It can be seen that regardless of the effect of
solid particles, the gas holdup increases with an increasing
gas superficial velocity, which is in accordance with the
results obtained by other researchers. For any type of parti-
cles, it is shown that the gas holdup was higher for larger
solid loading than that of the smaller one. As for a given solid
holdup, heavier particles yield higher gas holdups. A com-
parison of the standard airlift (without particles) with the
reactor containing a solid bed in the riser in this study is also
depicted in Fig. 2, and a net increase in gas holdup can be
found in the presence of the fluidized bed. Similarobservation
was reported by others [20]. Decreases of the liquid circu-
lation velocity is attributed to the fluidized bed, resulting in
the increase of gas bubble residence time in the reactor, and
the lowering of the liquid circulation velocity, and thus the
higher the gas holdup in the riser under the same gas input.
The solid lines in Fig. 2 represent the power regression of the
gas holdup with the gas superficial velocity, regardless of the
solid properties. The regression has the form:

b´saU (1)Gr

which was presented by Chisti [22]. It is shown that the
results of gas holdup follow this equation.

When the downcomer is blocked, there will be no liquid
recirculation in the reactor, the reactor can be taken as bubble
column. The gas holdups under the situation of no net liquid

flow in the riser were also measured and plotted in Fig. 2.
From the figure we can see that the gas holdups with no liquid
circulation (bubble column) are actually the gas fraction at
minimum fluidization (air-lift column). It can be predicted
that regardless of the type and loading of particles, the gas
holdup at incipient fluidization should be along the curve and
those at higher gas flowrates will be located on the right-hand
side of it.

The model of Zuber and Findlay [23] is widely used in
the studies of gas–liquid two-phase flow to determine the gas
holdups in an airlift reactor, which takes into account both
the effect of non-uniform flow and gas holdup profiles as well
as the effect of the slip velocity between the phases. The
generally accepted form of the model is:

UGsC (U qU )qC (2)0 G L 1$́G

where UG and UL are the gas and liquid superficial velocity,
respectively. The value of C0 indicates the extent of radial
non-uniformity in the gas holdup. C1 is stated to be close to
the rising velocity of a single bubble. The experimental data
obtained in this study were used to determine the values for
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Fig. 3. Zuber and Findlay model for prediction of gas holdup.

Fig. 4. (a) Variation of liquid circulation velocity with gas superficial veloc-
ity (lower range). (b) Variation of liquid circulation velocity with gas
superficial velocity (higher range).

Fig. 5. Effect of on UL (PS) (High ; low ).H/D H/Ds30.2 H/Ds22.0

C0 and C1. The results were: C0s1.68, and C1s
8.82=10y2 m sy1. The value of C0 is in accordance with the
value of 1.6 which was reported by Zuber and Findlay [23]
for an air–water mixture flowing through a circular pipe. The

C0 value obtained in this study indicates a higher concentra-
tion of bubbles in the central region of the riser, which had
been observed during the experiment. The C1 value reported
in Zuber and Findlay relation was 0.25 m sy1 for air–water
flowing through a pipe of around 0.05 m ID. In this study,
however, the C1 value was merely 0.088 m sy1, which was
much smaller that of the predicted one. It could be due to the
location of the measuring taps, which, owing to the radial
non-uniformity of the gas holdup in the riser, did not take the
higher non-homogeneous region around the sparger into
account, thus resulting in higher gas holdup values and
obtaining lower estimates of C1. However, the calculated gas
holdup values using the Zuber and Findlay relation (Eq. (2))
were found to be compatible to the experimental data shown
in Fig. 3. Good agreement can be found.

3.2. Liquid circulation velocity

In Fig. 4, the liquid circulation velocity is plotted against
the gas superficial velocity, using solid loading as the param-
eter. The chart shows that the liquid circulation velocity
increases with increasing gas superficial velocity and declines
with increasing particle density and solids loading in the
reactor. The same results have been reported by other
researchers [24,9,14,12]. The reason for this is that an
increase in solid holdup increases the solid drag and reduces
the liquid circulation velocity in the reactor. For a given solid
holdup, heavier particles result in higher pressure drop and
hence lower liquid circulation rates.

In the solid-free two-phase flow system, the liquid circu-
lation velocity, UL, changes with U . This is in agreement0.24

Gr

with the results obtained by Choi and Lee [25], in which
study, UL varies with U . When the resistance to the flow0.26

Gr

of the liquid is increased by the addition of particles, the
liquid circulation velocities decrease, but the exponent
increases. This same trend was reported by Garnier et al.
[20]

The liquid circulation velocity in the smaller setup, i.e.,
with lower ratio (height to diameter ratio), was studiedH/D
for comparison. Fig. 5 shows the results. For the two setups,
although the changes in UL for the two-phase flow systems
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Fig. 6. Comparison of liquid circulation velocities in two-phase system predicted by Eq. (3) with the experimental data.

Fig. 7. Predicted UL by Eq. (5) comparing with experimental data.

Fig. 8. Relationship of liquid circulation velocity and solid bed porosity.

Table 3
Parameters for the Richardson and Zaki Equation

Particles n nsmall Ut (cm sy1), experimental Ut (cm sy1), exp. (small setup) 60% Ut (cm sy1) calculated

Lexan 1.51 1.82 7.4 7.4 7.0
PS 1.55 1.64 10.3 10.1 10.3
Glass 1.42 1.48 15.0 13.5 18.8

are not too large, it is noted that the UL value decreases
drastically when the ratio of is smaller at constant solidH/D
holdups in the fluidized bed. This is due to the fact the aerated
height is shorter at lower ratio, resulting in smallerH/D
driving force for liquid circulating.

The liquid circulation velocity in the proposed reactor in
this study can be predicted using the energy balance model

[26]. For gas–liquid two-phase system, the model is
expressed as:

0.5

2gh (´ y´ )D r dU s (3)L 2
1 A 1l nrK qB 2 2≥ ž / ¥(1y´ ) A (1y´ )r d d



Y.X. Guo et al. / Chemical Engineering Journal 67 (1997) 205–214210

Journal: CEJ (Chemical Engineering Journal) Article: 3243

Fig. 9. Relationship between fluidized-bed porosity and gas holdup.

Fig. 10. Effect of liquid circulation velocity on mixing time.

The frictional loss coefficient KB was determined by sub-
stituting all the measured values into Eq. (3). Then this
measured value of UL was compared with the calculated one
in Fig. 6. In order to apply this model to predict the UL value
in three-phase systems in this study, some modification
should be made to Eq. (3). As the solid particles werepresent,
an additional energy loss existed when the liquid was passing
through the fluidized bed, which is denoted as Es here, and
can be expressed as:

E syDp A U (4)s r L

The resulting equation may be written as:
0.5

2gh (´ y´ )y2(yDp)/rD r d LU s (5)L 2
1 A 1l nrK qB 2 2≥ ž / ¥(1y´ ) A (1y´ )r d d

The calculated UL versus the experimental data is shown
in Fig. 7. From Figs. 6 and 7, it can be observed that this
energy balance model applies better to the gas–liquid two-
phase system than to the gas–liquid–solid three-phase
systems.

3.3. Fluidized bed expansion

The fluidized bed in the proposed reactor was the solid–
liquid two-phase fluidization, in which bed expansion follows
the Richardson–Zaki Equation [27] given by

ULn(´ ) s (6)LF Ui

where Ui is the extrapolated liquid velocity as the bed voidage
approaches 1. n is the Richardson–Zaki index. Ui is taken as
the particle terminal velocity, Ut, as the particle size is neg-
ligible compared with the fluidized-bed column diameter.

The experimental results are shown in Fig. 8. It can be seen
that the expansion of the fluidized bed increases with the
liquid circulation velocity. The three solid lines represent the
Richardson and Zaki Equation. The fluidization experiment
was also carried out in the smaller setup. The parameters in
the Richardson and Zaki Equation were experimentallydeter-
mined and are listed in Table 3.

The experimentally obtained Ut values were found to be
60% of the theoretically calculated values [28]. This is in
accordance with the results reported by Garnier et al. [20].
The parameters are shown to be comparable with those of the
two reactors.

In Fig. 9 the fluidized-bed porosity is depicted as a function
of the gas holdup in the riser for different solid loading and
particle types. It is shown that the solid-bed porosity increases
linearly with the gas holdup in the riser. And for a small
change with gas holdup, the bed porosity changes sharply,
especially for particles with less terminal velocities. It can be
concluded that the gas holdup in the riser has a significant
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Fig. 11. (a) Volumetric mass transfer coefficient as a function of gas super-
ficial velocity (lower range). (b) Volumetric mass transfer coefficient as a
function of gas superficial velocity (higher range).

Fig. 12. Effect of UL on kLaL.

influence on the fluidized bed behaviour. At a given gas
holdup the particles with smaller terminal velocity have a
higher bed porosity, this is due to the smaller pressure resis-
tance to the liquid flow.

3.4. Liquid mixing time

For given solid particles, the mixing time decreases with
an increasing gas superficial velocity. In Fig. 10 the mixing
time is depicted as a function of the liquid circulationvelocity.
It can be seen that the mixing time is in fact a variable of the
liquid circulation velocity rather than a variable of the gas
flowrate or the bead properties (e.g. density, shape and size).
As the liquid circulation velocity increases, the mixing time

decreases. Once the liquid velocity reaches a certain value,
the net decline in the mixing time becomes negligible.

3.5. Mass transfer coefficient

The volumetric mass transfer coefficient kLaL is plotted as
a function of the gas superficial velocity in Fig. 11, in which
different series represent different solid-bed properties. It is
shown that, for a given solids, the kLaL value increases with
an increasing gas superficial velocity,which is due to the
higher gas holdup in the riser caused by the larger UGr. For
the same type of particles, as can be seen in the figure, the
kLaL value is higher for a larger solid loading, and as the
terminal particle velocity becomes larger, the kLaL value goes
up. This is because as the particles’ resistance to the liquid
flow increases, the liquid circulation velocity decreases,
resulting in higher gas holdup in the riser, which causes the
gas–liquid mass transfer rate to increase. Fig. 12 shows that
the kLaL value varies with an increasing liquid circulation
velocity in the reactor under study. The gas superficial veloc-
ity used was 0.0325 m sy1. It can be seen that the mass
transfer coefficient decreases as the liquid circulationvelocity
increases. The results shown in Fig. 12 confirm the reason
discussed above.

When there were no solid particles in the proposed reactor,
i.e., the standard airlift reactor mode with gas–liquid two-
phase flow, the mass transfer coefficient was found to be
lower than that of the reactor containing solid particles, as
shown in Fig. 11. This is due to the smaller gas holdup in the
two-phase reactor. The effect of ratio on the gas–liquidH/D
mass transfer is also shown in the figure for the two-phase
flow system. It is obvious that because the aerated height was
shortened the kLaL value became lower for the smaller H/D
ratio setup. Hence, it may be deducted that the higher the
aerated height is in the airlift reactor, the larger kLaL value
can be expected.

3.6. Empirical correlations

In this study, in order to establish a design basis for the
proposed reactor, the main parameters, viz., the gas superfi-
cial velocity, UGr, the solid loading in the fluidized bed, w

and the ratio of the density difference between the particles
and the fluid to the density of the particles were considered
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Table 4
Summary of empirical correlations

Correlation Equation no. Remarks

´s101.96U w0.581(1yrL/rp)
0.5140.338

Gr (8) ´ in %, UGr in m sy1

ULs0.2041U wy1.393(1yrL/rp)
y0.8660.940

Gr (9) UL, UGr in m sy1

tms424.8U w1.448(1yrL/rP)0.800y0.871
Gr (10) tm in s, UGr in m sy1

´s(0.493´LFq0.438)w1.029(1yrL/rp)
1.025 (11) ´ in %

kLaLs4.490U w0.595(1yrL/rp)
0.3370.384

Gr (12) UGr in m sy1

Fig. 15. Mixing time correlation.

Fig. 16. Gas holdup vs. bed porosity correlation.

Fig. 17. Volumetric mass transfer coefficient correlation.

Fig. 14. Liquid circulation velocity correlation.

Fig. 13. Gas holdup correlation.

to describe the reactor performance. The experimental results
were correlated using nonlinear regression. The correlations
are summarized in Table 4. The constants in the correlation
are related to the physical properties of the liquid, the geom-
etry of the reactor as well as the gas sparger location in the
reactor.

The solid loading used in the correlations was defined as
the weight fraction of the particles containing within the flui-
dized bed, i.e.

Weight of Particles
ws

Weight of Liquid with Volume of Fluidization Column

(7)

The calculated results using the correlations in Table 4
were compared with the experimental data and are depicted
in Figs. 13–17. Good agreement can be found.

3.7. Possible applications

One promising application of the proposed reactor in this
paper is the immobilized cell cultivation, in which the low
shear rates and physical protection afforded by the immobi-
lized matrix ensure better conditions for the growth of the
fragile cells. In addition, fluidization is achieved by internal
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liquid circulation, thereby avoiding the circulation of large
quantities of often very costly growth media.

4. Conclusions

An external-loop airlift reactor, with fluidized bed in the
riser, was studied in this work. The unique feature of the
reactor is that the gas sparger is located in the middle of the
riser, which permits the fluidization of heavy particles in the
airlift without the intimate contact of gas and solid phases.
This design can minimize the shear stress on the surface of
particles. The principal application envisaged will be in
immobilized cell culture. The hydrodynamic and the mass
transfer performance of the proposed reactor were investi-
gated with respect to various operating parameters such as
solid loading, solid density, aerated height of the reactor, etc.

The gas holdup was found to increase with the increasing
solid loading and particle densities, while the liquid circula-
tion velocity showed the reverse trend. The mass transfer
coefficient kLaL was higher at larger gas holdup in the pro-
posed reactor, which indicated that any attempts to improve
the gas–liquid mass transfer should focus on the enhancement
of the gas holdup. Some modifications to the riser-to-down-
comer ratio may be made to find out the optimum configu-
ration for the maximum mass transfer.

The proposed reactor has combined the best features of the
external-loop airlift reactor and the fluidized column. It is
more attractive than the conventional three-phase contactors
for the following reasons:
c Low power requirements
c Low shear stresses, even when compared with the airlifts

with particles circulating in the reactor. This design is more
applicable to the shear-sensitive biomass cultivation.

c Heavy particles fluidizing only in the confined region,
which made the reactor more flexible in the production.

The correlations describing the performance of the pro-
posed reactor were presented in this study, which could be
used for the design and scale-up of the reactor.

In view of the above, it is clear that the proposed airlift
reactor with fluidized bed is expected to be a promising three-
phase contactor for handling biological as well as chemical
reactions, particularly in the immobilized cell culture and the
enzyme processes.

5. Nomenclature

Ad Downcomer cross-sectional area (m2)
Ar Riser cross-sectional area (m2)
aL Gas–liquid interfacial area per unit liquid

volume
(my1)

D Diameter of column (m)
dp Diameter of particle or cell (m)
Es Energy loss due to fluidized bed (W)

g Gravitational acceleration (m sy2)
H Height of column (m)
hD Gas–liquid dispersion height (m)
hL Unaerated liquid height (m)
KB Frictional loss coefficient (–)
kL Mass transfer coefficient (m miny1)
n A parameter (–)
DP Pressure drop (Pa)
tm Mixing time (min.)
UG Gas superficial velocity (m sy1)
UGr Gas superficial velocity based on riser (m sy1)
UL Liquid superficial velocity (m sy1)
Ut Terminal particle velocity (m sy1)

Greek symbols

a A parameter (myb sb)
b Exponent (–)
´ Overall gas holdup (–)
´d Gas holdup in the downcomer (–)
´r Gas holdup in the riser (–)
´G Gas holdup (–)
´LF Void fraction of fluidized bed (–)
rL Density of liquid (kg my3)
rp Density of solid particles (kg my3)
w Solid loading (kg kgy1)
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